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a b s t r a c t

An amine-based CO2 capture solvent is developed to reduce energy requirement. Three campaigns,
with 12 vol% CO2 and 18 vol% O2, are conducted in a CO2 capture pilot plant to evaluate energy con-
sumption and influence of SO2 on solvent characteristics, under the condition of prolonged operation.
Monoethanolamine (MEA) is used in one campaign, and the other two campaigns employed new solvent,
with and without 200 ppm SO2 in the simulated flue gas. The lost of free amine, including CO2 combines
with amine (CCA), SO2 combines with amine (SCA) and amine degradation (AD), is analyzed. Experimen-
tal results show that the average energy consumption of MEA and novel absorbent is about 4.09 GJ/tCO2

and 2.96 GJ/tCO2, respectively. This value climbs to 3.51 GJ/tCO2 for novel absorbent, with 200 ppm SO2.
Meanwhile, the pH is reduced, the viscosity increases and free amine is lost more, which reduces the
overall CO2 reaction rate and the overall mass transfer coefficient. The presence of SO2 increases SCA and
AD, and decreases CCA. The SCA becomes main factor after running 200 h. An industrial strong-alkaline
anion exchange resin through several runs is used to decrease the SCA and improve the solvent char-
acteristics. The heat stable salts (HSS), including formate, oxalate, glycolate, sulfite and sulfate, can be
reduced to less than 1 wt% by using the ion exchange resin. The solvent viscosity after treatment is only
one tenth of the original solvent at 313 K. The overall mass transfer coefficient KG after treatment is about
1.7 times that without treatment.

© 2015 Elsevier Ltd. All rights reserved.

1. Introduction

Amine scrubbing systems have been used to separate CO2 from
natural gas in the chemical industry for several decades. The flue
gas from coal-fired power plants, however, is quite different from
that of natural gas, with large flow rates, high temperatures, low
CO2 partial pressures, and the existence of SO2, NOx and fly ash
in the flow stream (Xu et al., 2014; Zhang et al., 2012). There-
fore, removing CO2 from power plants results in significant energy
consumption and reduction of electricity output (Bouillon et al.,
2009; Knudsen et al., 2009; Razi et al., 2013). Many ways have been
reported to minimize the CO2 capture energy requirement (Ahn
et al., 2013; Fang et al., 2012; Gao et al., 2014; Warudkar et al.,
2013a,b), solvent screening is another efficient method to improve
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the energy efficiency (Gao et al., 2011a; Kumar et al., 2014; Mathias
et al., 2013; Pirngruber et al., 2013; Yu et al., 2011; Zhang et al.,
2012). Recently, Li et al. (2013) found that about 380 patents have
been published on CO2 capture by solvents. In this work, a novel
blended amine solvent was developed and assessed in a pilot plant,
with the long-term running.

In addition, SO2 in the flue gas is one of the main factors causing
free amine lost, which may lead to rise of CO2 capture energy con-
sumption. In previous work, experiments have proved that SO2 in
the flue gas results in serious amine degradation (AD), with many
heat stable salts (HSS) produced (Gao et al., 2011a,b,c; Yang et al.,
2013). Then, foaming and corrosion/erosion can be caused by the
high levels of HSS (>1 wt% as amine) (Gao et al., 2012; Narendra
and Anil, 2009). However, it is rarely to analysis the effect of SO2
on the CO2 combines with amine (CCA) and SO2 combines with
amine (SCA), which leads to free amine lost. The upgraded FGD with
more than 99% SO2 removal efficiency before CO2 capture was sug-
gested by Rao and Ruben (2002) to solve the problems. But HSS and
impurities are still accumulated in amine solutions. Hence, amine
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Nomenclature

Cam amine concentration in the liquid phase (kmol/m3)
DCO2,L CO2 diffusion coefficient in the amine solution

(m2/s)
DCO2,w CO2 diffusion coefficient in water (m2/s)
HCO2,w Henry’s law coefficient of CO2 in the amine solution

(kPa m3/kmol)
k2 second order rate constant of amine (m3/kmol s)
KG overall mass-transfer coefficient (kmol/(m2 h kPa))
kg gas-side mass-transfer coefficient

(kmol/(m2 h kPa))
k′

g liquid-side mass-transfer coefficient
(kmol/(m2 h kPa))

NCO2 mass-transfer flux of the absorbed component CO2
(kmol/(m2 h))

PCO2,b average CO2 partial pressure (kPa)
P∗CO2 equilibrium CO2 partial pressure (kPa)
PCO2,in CO2 partial pressure at the wetted wall column inlet

(kPa)
PCO2,out CO2 partial pressure at the wetted wall column out-

let (kPa)
Qstrip latent heat of vaporization (kJ/mol CO2)
Qsens sensible heat (kJ/mol CO2)
Qdes heat of reaction (kJ/mol CO2)
Qloss heat of loss (GJ/tCO2)
QT total energy consumption (GJ/tCO2)
rov overall CO2 reaction rate (kmol/m3 s)

Greeks
�L amine solution viscosity (mPa s)
�W water viscosity (mPa s)
˛CO2 CO2 loading (mol/mol)

reclamation is essential during CO2 capture to control the levels of
HSS and remove impurities.

Amine reclamation can be used to prevent potential secondary
pollution with HSS removal and increases in the free amine con-
centration in a continuous absorption/regeneration process. Three
prime technologies used commercially for solvent reclamation as
thermal reclamation, electrodialysis, and ion-exchange. Thermal
reclamation at the bottom of the stripper (Fig. 1) can result in higher
reclamation costs and potential degradation of the amine due to the
high temperatures (Xu and Rochelle, 2009). This is a useful method
to remove non-volatile species. Electrodialysis is used to remove
anions and cations, however, it can cause absorbent losses. More-
over, the ion-exchange membrane is relatively expensive especially
in the presence of fly ash (Meng et al., 2008). Ion-exchange systems
acts like electrodialysis disable to remove nonionized impuri-
ties. And ion-exchange resins must be used at low temperatures
to reduce resin lost. Hence, ion-exchange systems all normally
installed at the absorber inlet (Fig. 1). Ion-exchange has been widely
used in coal-fired power plants to treat boiler feed-water, thus, it
may be more easily accepted in coal-fired power plants for CO2 cap-
ture. The ion-exchange technology for removing HSS was patented
by Keller (1991) and Chen et al. (2008). However, there is little infor-
mation on the HSS type and removal efficiency. Meanwhile, these
patents were only applied in removing H2S and CO2 from natural
gas.

Although there is substantial information on novel solvents and
methods of saving energy requirement, the information on the
energy consumption analysis from pilot plant and effects of SO2
on absorbents, in particulate, improved methods are scant. Three

Table 1
Anion exchange resin properties.a

Total
exchange
capacity
(eq/L)

Moisture
holding
capacity (%)

Shipping
weight
(g/L)

Particle
mean size
(mm)

Uniformity
coefficient

1.25 45–51 680 0.664 1.6

a Data obtained from supplier except for particle size.

campaigns have been conducted in a pilot plant using simulated
flue gas to assess CO2 capture energy consumption and effect of
SO2 on CO2 capture solvent in this study. The main characteris-
tics of amine aqueous solutions, such as viscosity, pH and bound
amine, were analyzed after long-term operation, with and without
200 ppm SO2. The AD, CCA and SCA of two campaigns were com-
pared. An industrial grade anion exchange resin was selected to
improve the characteristics of the amine-based CO2 absorbent.

2. Experimental

2.1. Materials

The chemical reagents are industry grade, with concentrations
of more than 98%. CO2, SO2, O2 and N2, with more than 99.9% con-
centration, are used to simulate coal-fired flue gas. New solvent
is a blend of a tertiary amine and additives. Aqueous amine solu-
tion samples are taken from the stripper bottom of the pilot plant
every 100 h (Gao et al., 2011a,b,c). The character of four types of
strong-alkaline and two types of weak-alkaline anion-exchange
resin is compared, and the best is selected. Five solvent samples
from the SO2 test are treated by the selected industrial grade strong
base anion exchange resin from Rohm and Haas. The resin is made
of pale yellow, translucent spherical beads with the main com-
ponent being styrene divinylbenzene copolymer matrix with a
dimethyl ethanol ammonium functional group. The anion is chlo-
ride as shipped and is converted to hydroxyl by percolation with
an excess of 4 M NaOH solution and washed with deionized water.
Table 1 shows the typical properties of the anion exchange resin.

2.2. Pilot plant operating conditions

Three campaigns run in a CO2 capture pilot plant. Some impor-
tant parameters are shown in Table 2. Two baseline campaigns
operated, respectively, for 200 h and 500 h using 30 wt% MEA and
novel solvent, with a feed gas of 12 vol% CO2, 18 vol% O2 and N2 as
the balance, and another campaign using the novel solvent, feed
with an additional 200 ppm SO2, operated for 430 h. The pilot plant
is same as conventional amine-based CO2 recovery plant except
for recycled flue gas from stripper top to absorber inlet (Gao et al.,
2011a,c). The average flue gas flow rate of the two campaigns is
about 86 Nm3/h, and the average liquid solvent flow rate is around
0.6 m3/h. The heat input to the stripper is supplied by electrical
heater with the power of 60 kW. No fresh solvent and water are
added into the system during the two campaigns. Thus, the CO2
removal efficiency is changed during the two campaigns because of
free amine lost. The average temperature at the bottom of absorber
and stripper is respectively around 46 ◦C and 116 ◦C. More details
can be found from our previous work (Gao et al., 2011c).

2.3. Ion exchange procedure

The resin is first percolated and held for 24 h with an excess of
4 M NaOH solution. Then it is washed three times and held for 3 h
in deionized water. The pretreated resin is then put into ten 1 L
beakers with 170 ml in each. 100 ml solvent samples are fed into
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Fig. 1. A general flow diagram of CO2 capture with flue gas pretreatment and amine reclamation.

Table 2
Experimental conditions.

Items CO2 O2 SO2 Amine concentration Flue gas flow rate Operating time
Unit Vol% Vol% ×10−6 mol/L Nm3/h h

Campaign 1 12.89 17.4 0 4.90 85.35 200
Campaign 2 11.89 18.2 0 4.64 86.12 500
Campaign 3 11.86 17.8 200 4.57 82.83 430

each beaker. Five different samples from the SO2 tests (100 h, 200 h,
300 h, 400 h and 430 h samples) are held for 60 minutes in each
beaker. The 430 h samples are fed into five beakers, each one lasting
10 min longer than the previous one (10, 20, 30, 40 and 50 min after
reaction at room temperature). The mixture is stirred at a constant
rate before the 10 ml samples is taken for analysis.

2.4. Analysis methods

Dionex ICS-1000 and DX120 ion chromatographics are used to
analyze the anions and cations. CO2 loading is determined by a
total organic carbon analyzer (TOC-5000, Shimadzu). The solution
viscosity is measured by a viscometer (SV-10, AND). The pH is
measured on an automatic potentiometric titrator (809 Titrando,
Metrohm, Switzerland).

A wetted wall column with an interfacial area of about 41.45 cm2

is used to measure the kinetics of the 430 h samples before and after
treatment. The column is described by Liu et al., (2009).

3. Results and discussion

3.1. Energy consumption

The total energy consumption, including energy loss of the
whole CO2 capture system, the sensible heat, the latent heat of
vaporization and the overall enthalpies of absorption, is deter-
mined experimentally by the following correlation:

QT = (tin − tout) Coil�oilVoil

qCO2 ∗ 1000
(1)

where, tin and tout denote temperature of oil entering and leaving
the reboiler, respectively. Coil, �oil and Voil are the heat capacity, the
density and the volume flow rate of oil with unit of kJ/(kg K), kg/m3

and m3/h, respectively. qCO2 reprensents the mass flow rate of gas
CO2 at the stripper top with unit of kg/h.
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Fig. 2. Energy consumption of different solvent.

Results of the total energy consumption are shown in Fig. 2 and
Fig. 3. It can be seen from Fig 2 that the total average energy con-
sumption for 30 wt% MEA is about 4.09 GJ/tCO2 (3.53–4.88 GJ/tCO2),
which is in good agreement with simulated results of Dave et al.
(2009) and Cifre et al. (2009), but about 10% higher than that
reported by Knudsen et al. (2009). For new solvent, however,
it is about 2.96 GJ/tCO2 (2.46–3.15 GJ/tCO2), which is about 27%
lower than that of MEA. After adding SO2 into the CO2 capture
system (Fig. 3), this value has been increased to 3.51 GJ/tCO2
(1.69–5.05 GJ/tCO2). Before running of 150 h, campaign 3 has a com-
parable value to campaign 2. After running of 150 h, nevertheless,
campaign 3 is gradually higher than campaign 2 due to the reduc-
tion of the CO2 removal efficiency (Gao et al., 2011c).
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Fig. 3. Effect of SO2 on energy consumption.

In addition, each component (loss heat, latent heat of vapor-
ization, sensible heat and reaction enthalpy) can be expanded
separately from the pilot plant experiments as following (Rochelle
et al., 2002):

QT = Qloss + Qsens + Qdes + Qstrip (2)

Qdes = −�Habs (3)

Qsens = �CP�T

(˛rich−˛lean) Cam
(4)

Qstrip =
Psat

H2O

(
Trich,str

)
xH2O

P∗
CO2

(
Trich,str, ˛rich

)�Hvap
H2O (5)

Qloss = 3.6
n∑

i=1

[˛tiAi(tsi − ta)] /qCO2 /1000 (6)

where ˛ti and Ai are the total heat transfer coefficient and surface
area of the i-th equipment with unit of w/(m2 K) and m2, respec-
tively. tsi and ta denote the surface average temperature of the i-th
equipment and atmosphere temperature, respectively.

The distributions of the four energy components for campaign
1 and 2 are illustrated in Fig. 4. It can be found that MEA has a com-
parable loss energy and sensible heat to new solvent. However, the
heat of reaction and the latent heat of vaporization of new solvent
are all lower than those of MEA, which implies that regenerating the
new solvent requires low reboiler heat duty to break the chemical
bounds between CO2 and amine and strip CO2.

3.2. Influence of SO2 on the absorbent

The HSS contents of the five SO2 samples are shown in Table 3.
Most of the HSS is sulfates and sulfites because SO2 is absorbed con-

Table 3
HSS from CO2 capture pilot plant.

Sample Glycolate Formate Oxalate Sulfate Sulfite

mg/L

100 h 322.7 105.7 22.1 5007.5 5145.4
200 h 680.6 170.2 78.4 12,144.0 5118.2
300 h 965.5 271.2 157.9 19,454.7 5332.1
400 h 1302.2 396.8 248.4 25,723.2 6095.5
430 h 1706.9 375.4 335.5 33,837.0 8650.4
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Fig. 4. Distribution of the total energy.
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tinuously. The effect of SO2 on the solvents is shown in the following
sections.

3.2.1. Viscosity
The viscosities of fresh amine, the 500 h sample and the 430 h

sample are measured. As shown in Fig. 5, the solvent viscosities
of the 500 h samples (0 ppm SO2) are similar to that of the fresh
amine. The highest viscosity of the sample (200 ppm SO2), how-
ever, is observed. In general, amine concentration is proportional
to the viscosity. Thus, two spent absorbents should cut down on the
viscosity because of amine degradation, which indicates that the
formation of HSS increases the viscosity especially in the presence
of SO2.

Furthermore, the CO2 diffusion coefficient in solution DCO2,L can
be calculated from the viscosity as (Prashanti et al., 2010; Versteeg
and van Swaaij, 1988):

DCO2,L = DCO2,W

(
�W

�L

)0.8
(7)

DCO2,W = 2.35 × 10−6exp(
−2119

T
) (8)
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The Henry’s law constant of CO2 is obtained using (Gregory and
Ralph, 1994):

log
(

HCO2,L
)

=
(

h+ + h− + hg
)

I + log (H∗) (9)

I = (0.5)
∑

CiZ
2
i (10)

where HCO2,L is Henry’s constant for the electrolyte solution and

H* is for the pure molecular solvent. h+ and h− are the van Krev-
elen coefficients for the cations and anions in the solution and is
the coefficient for the dissolved gas. I is the ionic strength of the
solution. Ci is the concentration of species i and Zi is the charge.

According to Eqs. (7) and (8) DCO2,L decreases as the viscosity
increases. And the accumulation of SO3

2− and SO4
2− ions increases

the ionic strength of the solution, while Henry’s constant increases
based on Eqs. (9) and (10). Therefore, the liquid-side mass transfer
coefficient decreases according to Eq. (11) (Cullinane and Rochelle,
2004, 2006).

kg
′ =

√
DCO2,L(k2Cam)

HCO2,L
(11)

In addition, wet (about 45–51% moisture) and dry resins (little
moisture) are used to treat spent absorbent. And the viscosities are
also analyzed in Fig. 5 which shows that the viscosity is signifi-
cantly reduced after the ion exchange treatment using wet and dry
resins. As an example, the viscosity decreases from about 15 mPa s
to 1.5 mPa s at 313 K after wet resin treatment. The diffusion coef-
ficient, DCO2,L, then increases as the viscosity decreases according
to the Eq. (7), indicating that a possible increase of the liquid-side
mass transfer coefficient.

3.2.2. pH
The pH of the lean liquid solution at the bottom of the stripper

is shown in Fig. 6. The changes of the pH after running 100 h are
small for the test without SO2. However, the test with 200 ppm
SO2 has a large pH decrease after operating 100 h because of the
amine degradation and combination of SO2 with amine. The effect
of pH on the overall CO2 reaction rate can be analyzed using (Sun
et al., 2005):

rov = kam[AM][CO2] + kOH− [OH−][CO2] (12)

It is obviously that the overall CO2 reaction rate is proportional
to the OH− ions concentration [OH−] and free amine concentration

[AM]. The former can be neglected because of rather low concen-
tration. But the reduction of [OH−] indicates the decrease of [AM],
which results in the overall CO2 reaction rate decreases.

The pH of the five samples before and after treatment is shown
in Fig. 6. The pH increases significantly after the ion exchange resin
treatment, which liberates part of bound amine and leads to an
increase in the overall CO2 reaction rate as indicated by Eq. (12).
At the same time, most of the impurity anions are removed by the
resin so that the ionic strength of the solution decreases. As a result,
Henry’s constant for the electrolyte solution is also reduced. All
these results show an increase in the liquid-side mass transfer after
the ion exchange treatment.

3.2.3. Free amine
As an acidic gas, SO2 will combine with free amine, which will

reduce the free amine concentration:

SO2 + H2O + 2RNH2 → 2RNH3
+ + SO3

2− (13)

In effect, the organic anions, such as HCOO−, C2O4
2− and

C2H3O3
−, are also combined with free amine. Their influence is not

considered in this study because of low concentration. The effect
of H+ and OH− on the mass balance and charge balance are ignored
because of rather low concentration. The forms of the absorbed CO2
are regarded as HCO3

− since the CO2 and CO3
2− are also small. The

mass balance and charge balance equations can be approximated
as follows:

CR1NH2 + CR1NH+
3

= C1 (14)

CR2NH2 + CR2NH3
+ = C2 (15)

CHCO−
3

= (C1 + C2)˛CO2 (16)

CR1NH3
+ + CR2NH3

+ = CHCO−
3

(17)

where R1NH2 and R2NH2 denote the tertiary amine and additive,
respectively. C1 and C2 are the amine and additive concentration,
respectively. ˛CO2 is the CO2 loading. Eq. (18) instead of Eq. (17) is
applied in the presence of SO2.

CR1NH3
+ + CR2NH3

+ = CHCO−
3

+ CSO2−
3

+ CSO2−
4

(18)

The three main dissociation reactions are taken into consideration
and the corresponding thermodynamic equilibrium constant can
be expressed as follows:

K1 = CR1NH2 CH+

CR1NH+
3

(19)

K2 = CR2NH2 CH+

CR2 NH+
3

(20)

K3 =
CHCO−

3
CH+

CCO2

(21)

The loss of free amine at the bottom of the stripper, including
the AD, SCA and CCA, is shown in Fig. 7. The SCA and CCA are
divided by a simple model mentioned above to make calculation
convenient. The percent of free amine loss is defined as the lost
amine concentration divided by the fresh amine concentration. By
comparing two campaigns in Fig. 7, it can be found that the CCA is
reduced by adding 200 ppm SO2, particularly running 200 h later.
This is because the SCA is increased gradually, and pH decreases,
which is benefit to strip CO2. Meanwhile, the AD of the campaign
3 with 200 ppm SO2 is larger than that of campaign 2 without SO2.
However, the SCA is the largest among the three parts after oper-
ating 200 h. Therefore, the SO2 is the major factor resulting in the
loss of free amine. The decrease in the free amine concentration
then directly influences the chemical reaction rate as indicated by



J. Gao et al. / International Journal of Greenhouse Gas Control 37 (2015) 38–45 43

50 100 150 200 250 300 350 400 450 500 550
0

4

8

12

16

20

24

Time (h)

Pe
rc

en
t o

f  
am

in
e 

(%
) 

CO2 combines with amine for 200 ppm SO2

SO2 combines with amine for 200 ppm SO2

Degraded amine for 200 ppm SO2

CO2 combines with amine for 0 ppm SO2

Degraded amine for 0 ppm SO2

Fig. 7. Loss of free amine.

Eq. (12). It is possible that the SCA is liberated by ion exchange to
recover the spent absorbents.

3.3. Ion exchange results.

The ion exchange resin after percolation with an excess of NaOH
solution will supply abundant OH− to the samples which will react
with the bound amine as the following correlation:

RNH3
+A− + ¯BOH → RNH2 + B̄A + H2O (22)

where A− symbolizes impurity anions, such as SO3
2−, SO4

2−,
HCOO−, C2O4

2− and C2H3O3
−. B is the resin functional group. The

impurity anions are replaced by OH− in the ion exchange process.
The HSS removal efficiencies for five samples (100 h, 200 h, 300 h,
400 h and 430 h) are shown in Fig. 8. The HSS removal efficiency
in Fig. 8 can be used to estimate the liquid flow rate of the origi-
nal solution and design the ion exchange column (Pedruzzi et al.,
2008). The average removal efficiency of formate is only 43%, but
it is around 80% for glycolate, oxalate, sulfate and sulfite. The total
weight percent of HSS is an important parameter influencing the
CO2 capture process. The total HSS weight percents in each sample
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are compared in Fig. 9. The test without SO2 has limited HSS which
is only 0.14 wt% after running 500 h, which is far below the limit of
1 wt%. The limit is easily exceeded after only operating 100 h later
for the sample with 200 ppm SO2. Moreover, the total weight per-
cent of HSS at the end of this test is about 4.5 times the limit. After
treatment by the ion exchange resin, the total weight percents of
HSS of all five samples with 200 ppm SO2 are lower than 1 wt%, but
still higher than that of the samples without SO2.

The dynamic characteristics of the HSS removal are shown in
Fig. 10. The removal efficiency generally increases slowly with the
reaction time for glycolate, oxalate, sulfate and sulfite. For for-
mate, however, the removal efficiency is almost constant during
the experiment. The dynamic characteristics of the ion exchange
processes for the 430 h SO2 sample are shown in Fig. 11. The pH
increases with ion exchange time while the HSS weight percent
decreases with reaction time. There is a dramatic change in the pH
and the HSS concentration between 20 min and 30 min. After that,
the pH is almost constant, while the HSS weight percent slowly
decreases. Therefore, the ion exchange chemical reaction is almost
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Fig. 10. Changes in HSS removal efficiencies with reaction time.
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Fig. 12. Mass transfer performance before and after the ion exchange treatment.

in equilibrium at 30 min. The repeat experiments are conducted
and present good repeatability.

For deeply proved an effect of ion exchange, kinetic experiments
for the 430 h SO2 samples before and after resin treatment are con-
ducted at 313 K using a wetted wall column (Liu et al., 2009). The
CO2 flux is correlated with the overall gas transfer coefficient as
(Dang and Rochelle, 2008)

NCO2 = KG
(

PCO2,b − P∗
CO2

)
(23)

where NCO2 is the CO2 flux with units of kmol/(m2 h). The CO2
equilibrium partial pressure at the gas-liquid interface, P∗

C O2
, will

approach zero since the solution loading is low. PCO2,b is the log
mean CO2 partial pressure at the bulk gas side in the wetted wall
column.

PCO2,b = PCO2,in − PCO2,out

Ln
(

PCO2,in/PCO2,out

) (24)

Thus, the overall mass transfer coefficient, KG, can be calculated
as the slope of the flux in Fig. 12 versus PCO2,b. The experiments are
carried out at 313 K with the results given in Fig. 12. The CO2 flux
is proportional to the CO2 average partial pressure with a higher
flux after the resin treatment. The slopes of the two lines represent

the overall gas transfer coefficient. KG of the upper line (after the
resin treatment) is 1.7 times that of the lower line (before treat-
ment). Therefore, the ion exchange can significantly improve the
CO2 absorption rate of the amine aqueous solution.

The same result could be obtained using (Chen et al., 2011):

1
KG

= 1
kg

+ 1
kg

′ (25)

The result in Figs. 5, 6, 9 and 11 show that the liquid-side mass
transfer coefficient increases after the resin treatment while the
gas-side mass transfer coefficient retains constant for these con-
ditions. Accordingly, the overall mass transfer coefficient should
increase according to Eq. (25).

4. Discussion

The CO2 removal efficiency of the campaign with SO2 was about
80% after running 200 h (Gao et al., 2011c). After that, it decreased
dramatically. In this work, the SO2 loading of the 200 h sample is
about 0.1 mol/mol amine. At this time, SO2 combines with less free
amine than CO2 and the total HSS concentration is less than 2 wt%.
The AD is also changed small. After the resin treatment, the HSS con-
centration is less than 0.5 wt% that is half of the limit for practical
use. Consequently, the appropriate operating time for reclaiming
amine from the amine system is about 200 h for still keeping a high
CO2 removal efficiency. Also all results show that the FGD with 90%
SO2 removal efficiency is enough for the new solvent, and the rest
will be removed by ion exchange. An economics analysis to adjust
the suitable SO2 removal efficiency based on the FGD requirement
and the amine reclamation cost will be carried out in the next step.

5. Conclusions

A pilot plant with amine-based chemical absorption process was
continuously operated for about 200 h and 500 h with a feed gas of
12 vol% CO2, 18 vol% O2 and N2 as the balance, using MEA and new
solvent, respectively. In addition, 200 ppm SO2 was continuously
added into new solvent and operated for 430 h.

The total energy requirement of the three campaigns was
analyzed. Aqueous amine solution samples were taken from the
stripper bottom of the pilot plant every 100 h. The main character-
istics of these samples, such as viscosity, pH value and free amine
loss, were analyzed. Five solvent samples from the SO2 test were
treated with an industrial grade strong base anion exchange resin
from Rohm and Haas to improve the characteristics.

The experimental results show that the average energy con-
sumption of new solvent (2.96 GJ/tCO2) was lower than that of MEA
(4.09 GJ/tCO2) because of lower heat of reaction and latent heat
of vaporization. An addition of SO2 increased it to 3.51 GJ/tCO2 as
the CO2 removal efficiency was decreased. Furthermore, the pH
was reduced, the viscosity increased and more free amine was lost
with more and more SO2 in the flue gas, which reduced the over-
all CO2 reaction rate and the overall mass transfer coefficient. The
addition of SO2 increased the SO2 combines with amine and amine
degradation, but decreased the CO2 combines with amine. The SO2
combines with amine became main factor after running 200 h. The
resin through several runs was used to decrease the SO2 combines
with amine and improve the solvent characteristics. The heat stable
salts (HSS), including formate, oxalate, glycolate, sulfite and sulfate,
could be reduced to less than 1 wt% by the ion exchange. The solvent
viscosity after treatment was only one tenth of the original solvent
at 313 K. The overall mass transfer coefficient KG after treatment
was about 1.7 times that without treatment. Therefore, the flue gas
desulfurization (FGD) with 90% SO2 removal efficiency combines
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with a CO2 capture system with ion exchange equipment may be
used to remove CO2 and SO2 simultaneously and economically.
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